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Solid Oxide Cell Reactor Model for Transient and Stationary
Electrochemical H2O and CO2 Conversion Process Studies
F. Sedeqi,1,z S. Santhanam,1,2 M. Riegraf,1 M. Riedel,1 M. P. Heddrich,1 and S. A. Ansar1

1German Aerospace Center (DLR), Institute of Engineering Thermodynamics, Stuttgart, Baden-Württemberg 70569,
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2Shell Global Solutions International B.V., Amsterdam, North Holland 1031 HW, Netherlands

The ability of high-temperature solid oxide cell (SOC) electrochemical reactors to efficiently convert atmospheric carbon to high
value chemicals for industrial and energy storage applications via CO2 and co-electrolysis makes them a key technology for active
carbon utilisation. However, due to additional operational risks from thermochemical reactions on thermal management, limited
experimental capacity, and relative novelty, CO2 and co-electrolysis lag behind steam electrolysis in large-scale adoption. Here, a
1D+1D SOC model based on fundamental first principles considering three-dimensional heat transfer was improved via a unique
method for representing co-electrolysis electrochemistry, solving with low computational effort. Validation against experimental
data for two compositions and pressures, showed high levels of accuracy with respect to characteristic cell voltages, temperatures,
and outlet compositions. The model also showed CO2 reduction during co-electrolysis mainly occurred via reverse water gas shift,
while CO2 electrolysis still accounted for up to 35% of the total share. Pressurised co-electrolysis operation promotes exothermic
methanation, causing pronounced heating of the reactor, consequently reducing the isothermal current density. Therefore, low to
moderate pressurisation is likely most suited for coupling with downstream synthesis processes to avoid the installation of
unnecessarily large systems and associated high costs.
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List of Symbols

Latin Symbols
A Area, m2

c Specific Heat Capacity, / /J Kkg
DH Hydraulic Diameter, m
D Mass Diffusivity, /m s2

Ea Activation Energy, /J mol
F Faraday Constant, /C96485 mol
g Molar Specific Gibbs Energy, /J mol
h Specific Enthalpy, /J kg
h̄ Convective Heat Transfer Coefficient, / /W m K2

j Current Density, /A m2

j0 Exchange Current Density, /A m2

l Length, m
ṁ Mass Flow, /skg
Mj Molar mass of component j, /kg mol
N̄ Molar Flux, / /m smol 2

Nu Nusselt Number, −
p Pressure, pa
″̇q Heat Flux, / /J m s2

Q̇ Heat Flow, /J s
̇r Reaction Rate, / /m smol 3

R universal Gas Constant, 8.314 / /J Kmol
̇R Total Species Chemical Production, /smol

Rth Radiative Thermal Resistance, /K W
T Temperature, K
u Specific Internal Energy, /J kg
Uop Voltage, V
UN Reversible Potential, V
x Mass Fraction, −
y Mole Fraction, −
Greek Symbols
α Symmetric Factor, −

γ Preexponential Factor for j ,0 / /A m K2

ϵ Radiative Emissivity, −
η Overpotential, V
λ Conductive Heat Transfer Coefficient, / /W m K
ν Reaction Stoichiometric Coefficient, −
ρ Density, /kg m3

σ Boltzmann Constant, / /W m K5.67 2 4

ϕ Porosity, −
ψ Channel Factor, +1 for Fuel Channel, −1 for Air

Channel
Subscripts
Act Activation
Diff Diffusion
H H2/H O2 Electrochemical Reaction
C CO/CO .2 Electrochemical Reaction
A Air side Electrochemical Reaction
k Cell Number
j Gas Species (i.e. O2)
X0 Entering x-coordinate
X1 Leaving x-coordinate
Y0 Entering y-coordinate
Y1 leaving y-coordinate
Z0 Entering z-coordinate
Z1 leaving z-coordinate
cell For the cell
i Control Volume Number
cond Conduction
rad Radiation
conv Convection
gas Of gas mixture
EC Electrochemical Reaction
x,y,z Direction of flow
reac Reactant in electrochemical reaction
prod Product in electrochemical reaction
α Main Species of consideration in multicomponent

diffusionzE-mail: faisal.sedeqi@dlr.de
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β Other existing species in multicomponent diffu-
sion

α′ Corresponding species in electrochemical reac-
tion for multicomponent diffusion

Ω Ohmic
Superscripts
eff effective
TPB At the TPB
WGS WGS reaction
MSR MSR reaction
H H2/H O2 Electrochemical Reaction
C CO/CO2 Electrochemical Reaction
A Air side Electrochemical Reaction

With the ambitious targets set by international organisations to
reduce carbon emissions through fossil fuel consumption, develop-
ment of renewable intermittent technology has grown substantially.1

Furthermore, with lower fossil fuel consumption and growing
demand for electricity, new methods of producing traditionally
fossil fuel derived products are required, using the growing
electricity supply. High temperature planar solid oxide cell (SOC)
reactors have been regarded as a key technology to achieve these
goals efficiently.2 Operating at temperatures ranging 650 °C–900 °C,
they can not only produce electricity and heat under fuel cell
operation very efficiently, but also convert electricity in the form of
fuel and commodity chemicals such as hydrogen and carbon
monoxide through electrolysis of steam and carbon dioxide (CO2),
respectively. Furthermore, SOCs can directly produce syngas
through the co-electrolysis (coEl) of steam and CO ,2

3 facilitating
the production of numerous valuable chemicals in a sustainable and
carbon-neutral manner. In this respect, they can be integrated in such
process systems to continuously produce the same products effi-
ciently and cleanly.

Usage of SOCs for energy storage and industrial applications is
maturing and currently rapid scaleup of production is occurring, with
commercial units available today.4 Nevertheless, despite the high
potential of co-electrolysis, its adoption and understanding still lags
behind steam electrolysis.5 This is evident in the scale of projects and
utilisation of SOC technology, an example of this is depicted in,6 where
the largest steam electrolysis demonstrator to date, with a size of
720kWAC, was integrated into a wider process, while the largest co-
electrolysis installation currently has a smaller size of 220 kW. This is
largely due to the added complexity from the occurrence of electro-
chemical reactions (Eqs. 1, 2), the thermochemical reactions of reverse/
water gas shift (R/WGS) (Eq. 3) and methanation/steam reforming (M/
SR) (Eq. 4) within the cells due to the existence of Ni catalytic
materials, as well as the potential for carbon formation. These reactions
bring additional thermal phenomena, as implied by the magnitude and
sign of their reaction enthalpies. This complicates the controllability of
the SOC reactors and increases the susceptibility to compounding
thermal stress from the variations in thermal expansion between the
different layers of the cell, leading to cell or stack failure.7 Coupling this
with the limited experimental capabilities, research into CO2 and coEl
is still mainly limited to well-known safe operation points. Furthermore,
wider system relevant operating points such as elevated pressures for
synergies with downstream synthesis processes, have only recently
grown in interest. Having a better understanding of these complex
phenomena through modelling will promote wide scale adoption of this
technology by finding optimal operating points in wider operation
scopes.

+ ⇌ Δ ( ° ) = − [ ]−H O H O H0.5 , 800 C 248 kJ mol 1r2 2 2
1

+ ⇌ Δ ( ° ) = − [ ]−CO O CO H0.5 , 800 C 282 kJ mol 2r2 2
1

+ ⇌ + Δ ( ° ) = − [ ]−CO H O CO H H, 800 C 34 kJ mol 3r2 2 2
1

+ ⇌ + Δ ( ° ) = [ ]−CH H O CO H H3 , 800 C 225 kJ mol 4r4 2 2
1

To adequately grasp the performance of SOC based systems, a
computationally efficient model that accounts for the various
electrochemical and transport phenomena between and around the
stack is beneficial, especially to capture the heat transfer processes
occurring within. These models can come in various resolutions
from 0D to 3D. Most system level studies use 0D models of stacks
or modules that do not consider the various transport phenomena
within the cells and treat the SOC as a black box.8 While these
models are suitable for general plant conceptual design and sizing
matters, they are unsuited in determining safe and optimal operating
strategies, as the low resolution ignores internal thermal phenomena
such as development of hot and cold spots that can have detrimental
effects to the lifetime of the reactor.7,9,10 The majority of stack level
modelling utilise 1D models of cells discretised in the flow direction
as they consider cells with regular geometries.11,12 2D cell models
that discretise in the flow plane and perpendicular cell plane, are
used for cells that have complex geometries resulting in irregular
flow patterns.13 As the cells and sublayers in the cells are very thin
compared to their length and width, discretising in the vertical plane
is mainly done to analyse local mass transfer phenomena and
kinetics, and is usually not of interest at system level due to the
higher computational effort, hence 2D cell models in this plane and
3D models in general are rarely used.14 These cell models can be
vertically stacked to model SOC stacks with cells that interact with
each other and the surrounding environment, thereby adding another
dimension to the model, with 1D cells, such a stack model would be
1D +1D. Further scaling/numbering up to model larger SOC
modules that may interact with their surroundings will then make
them relevant for the developing operating strategies for larger
process applications.15

Most SOC models considering coEl, assume that the main
pathway for the consumption of carbon dioxide is through the
reverse water gas shift reaction,16 due to the high operating
temperature bringing the RWGS reaction to equilibrium. A model
considering the electrochemical reaction kinetics can be used to
determine the veracity of this claim and determine the extent of CO2
electrolysis. Aicart et al.17 introduced a parallel circuit model where
each electrochemical reaction occurs at a portion of the available
electrochemically active area normalised to the relative proportion of
each reactant species which was also used by Banerjee et al.11 who
included detailed reaction micro-kinetics for the thermochemical
reactions. Although this model of co-electrolysis behaviour is
relatively simple to apply, it does not fully represent the physics
of the process as it splits the cell into two sections where each
electrochemical reaction occurs without interacting with the other.
This essentially assumes the existence of two ionic currents within
the cell and each fuel side electrochemical reaction influencing the
air side. Bessler et al.18 proposed that a local potential equilibrium
occurs at the electrode-electrolyte interface where most of the charge
transport reactions occur. This approach would only consider a
parallel circuit at the fuel channel, and the rest of the cell as a series
circuit. This approach is just as easy to implement, while holding
physical relevance.

For these reasons mentioned, a previously developed 1D +1D
SOC reactor model within the TEMPEST framework of the German
Aerospace Center (DLR)19 was updated to consider these effects for
a 10-cell short stack. The framework is implemented in the object-
oriented Modelica language20,21 and executed through the commer-
cial Dymola software.22 The model as illustrated in Fig. 1, focusses
on the electrochemically active part of the cell, hereby referenced as
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the active area. The passive area, denoting the section around the
active area in the cell that does not accommodate the electrochemical
reaction; but gives the multi-layered SOC reactor mechanical
stability, current collection for the reactor, and pre-heats incoming
fluids is not considered here. Work on the passive area as well as
usage of this framework in larger SOC reactor modules for transient
operation has been done by Tomberg et al.23 (also relevant15). The
model is capable of both fuel cell, electrolysis and reversible
operation, but focus will be put especially on coEl operation. This
work outlines the development process of the update to consider
additional phenomena such as coEl and external heat transfer, as
well as the validation procedure. Furthermore, the capability of the
model to simulate different applications for SOC reactors outside of
those validated is also investigated.

Model Description: 1D +1D SOC Reactor Model

This section outlines the model and the steps taken to modify the
SOC model previously presented by Srikanth et al.19 to consider the
additional phenomena arising from coEl. Modifications were also
made to the numerical structure to improve the solving performance.
Furthermore, the heat transfer from the reactor to the surroundings
was also modelled for a 10-cell SOC reactor in a pressurised furnace
environment and validated against experimental measurements.

Numerical structure update.—The SOC reactor model was
composed of vertically (z-axis) stacked repeat units (RU) or cells.
As illustrated in Fig. 1, each RU is composed of five one-
dimensional layers, discretised along the flow direction (x-axis).

Figure 1. Schematic of the 1D+1D reactor model illustrating the heat and mass transport phenomena and interactions considered within and between the layers
of an RU’s active area with 3 control volumes (centre left for X-Z plane and right for Y-Z plane) in the context of a 10-cell SOC reactor (top). The electric circuit
model (bottom) is also illustrated with a branch for the three control volumes as well as highlighting the cell resistance model (bottom right).
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The layers are arranged vertically in the form: interconnect (IC); fuel
channel (FC); positive electrode-electrolyte-negative electrode
(PEN); air channel (AC); and interconnect. To promote repeatability,
ICs of half thickness were used in RUs, forming a complete IC when
vertically stacked. Each half is then labelled based on the closest
channel i.e. the fuel side IC (FIC) is directly interacting with the FC
and the air side IC (AIC) directly interacts with the AC. The
previous model presented by Srikanth et al.19 considered each
control volume (CV) within the layers as separate piecewise constant
units comparable with multiple CSTRs in series, or upwind
differencing. The update presented here treats each layer as one
object analogous to a plug flow reactor, which allows for different
discretisation methods including the first order upwind differencing
used previously, as well as higher order schemes which can improve
the model accuracy and stability with fewer CVs and thereby
improve solving performance.

RU model.—All the layers have conservation equations of the
form,

∂
∂

= ∂
∂

( ) + ̇( ) [ ]b

t V
f b s b 5

And when integrated over the 1D control volume it becomes,

Δ
¯

= − + ̇ [ ]− +x A
db

dt
F A F A S 6i

i
i i i1

2
1
2

Where b̄i denotes the averaged state property in a CV i, F denotes
the flux entering and leaving as a function of the state at the
interface, ̇S denotes the sources and sinks. The layers vary in the
phenomena they consider and therefore the fluxes and source terms
differ. Hence, the 5 layers can be reduced to 3 model types: IC, flow
channel and PEN. The IC only considers heat flows, the flow
channels consider reactive gas thermohydraulic flows with mass
transfer through the boundary, and the PEN considers thermal and
electric flows with electrochemical reactions. Electricity flow in the
IC is considered in the PEN model as an additional resistance. Each
layer is modelled in a self-contained form, where interfaces define
the boundary conditions and can be connected to other layers’
interfaces to define equality points. Table I outlines the main
equations used in the model depicted in Fig. 1.

The gas flow channels are modelled with a constant cross-
sectional area, filled with porous nickel foam in the FC and fully
void in the AC. It is generally assumed that the mass flux in the flow
direction is predominantly convective, although diffusion may be
important at lower flow speeds.24 An additional mass flux, propor-
tional to the current density, exists in the direction of the PEN (z-
direction) due to the electrochemical reaction transporting oxide ions
from one channel to the other. The existence of thermochemical
reactions would further result in variations in composition and is
accounted for in the species mass balance. The foam also impacts the
heat transfer behaviour as it improves the conductive heat flux in the
x-direction. The gas was assumed to be in thermal equilibrium with
the foam, and the energy balance was performed with the gas and
solid as a homogenous phase. The convective heat transfer rate
between the solid surfaces of the PEN and IC surrounding the FC
and AC was determined through the Nusselt number, Nu. By
assuming steady flow between wide flat plates for the hydraulic
diameter as was done in25,26 and implementing the boundary
conditions provided by the interfaces, for the porous foam filled
FC constant Nusselt numbers of Nu= 12 and Nu= 9.86 for the PEN
side and IC side, respectively, were given in.27 The constant Nu

implies that the structure and porosity, do not influence the
convective heat transfer, however, to ensure fast simulation perfor-
mance this constant value was used, especially since at the reactor
level, the conductive heat transfer in the solid masses plays a more
significant role. For the void AC Nu= 8.235 and Nu= 7.54 were
used for the PEN and IC sides, respectively. This lack of foam in the
AC also allowed for radiative heat transfer between the PEN and IC.

The IC was modelled as heat transfer through a solid, with the
flux described by Fourier’s law in the x-direction. There is additional
heat transfer from the y- and z- axis through contact with the other
layers and these are part of the source terms. Finite difference
approximation of the spatial derivative term was used to account for
the y- and z- boundary heat transfer.

The PEN lumps the fuel electrode (FE), electrolyte (EL) and air
electrode (AE) into one object. As it is primarily solid, it has the
same modelling skeleton of the IC model. However, additional
source terms considering electrochemical phenomena, are addition-
ally applied. These include, the heat of reaction from the electro-
chemical reaction at the TPB, and the electrical work input. This
therefore requires the calculation of the cell voltage. As illustrated in
the electrical model in Fig. 1, in the SOC, the voltage can be
modelled as the sum of the reversible/Nernst voltage and the losses,
which are composed of activation, ohmic, and diffusion over-
potentials - these are detailed further below for coEl.

Finite volume implementation.—The model only stores the
control volume averages and does not know the value at the

interfaces i.e. at point −i .1

2
Therefore, flux functions to relate to

stored values must be specified to ensure the system of equations can
be solved. For the diffusive fluxes e.g. conductive heat transfer, the
central difference scheme was implemented which can be expressed
as,

″ λ λ̇ = ∂
∂

∣ ≈ ( − )
Δ

[ ]
− −

−q
T

x

T T

x
7

IC cond i
IC

IC
i IC

i i

i, , 1
2

1
2

1

For the convective fluxes e.g. species mass flow, numerous flux
functions may be implemented. For reasons of stability and speed,
the upwind difference scheme was used, as depicted in Eq. 8.

̇ ∣ ≈ ̇ ∣ [ ]+y m y m 8j K i j K i, ,1
2

This is numerically equivalent to the previous model, but now
model has added flexibility to integrate other flux schemes for
improved accuracy and/or stability. Future publications may con-
sider the implementation of different schemes into the model.

Co-electrolysis model.—With the consideration of co-electro-
lysis, two electrochemical reactions at the FE (half reactions of
Eqs. 1 and 2) occur. The rates of these electrochemical reactions can
be represented through a current density for each corresponding
reaction. This addition of an extra current density for the CO2
electrolysis may alter the species composition in the FC, as a
possible additional path for CO2 reduction is considered compared to
the previous case which ignored this path. The adjustment, by
including the additional rate of reaction as a function of current
density, is depicted in Table I.

The impact on the cell voltage calculation however, is more
complicated, affecting the ideal voltage and FE overpotentials. Due
to the nature of membrane electrochemical reactors such as SOCs, it
was assumed that the polarisation effects of coEl are isolated to the
fuel side and the air side electrochemical models were unchanged.
The following section will outline the changes made to account for
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coEl operation, as illustrated in the electric circuit model depicted in
Fig. 1. The equations can easily be adjusted to consider steam or
CO2 only electrochemical reactions.

Ideal voltage.—For the ideal voltage, several approaches may be
considered such as using only one of the two reactions or using the
equilibrium oxygen compositions or even implementing the mixed
potentials.28 However, they all have their drawbacks in terms of
accuracy, ease of implementation or performance. Here the global
coEl reaction (Eq. 9) was used to calculate the ideal voltage with the

Nernst equation (Eq. 10) with the averaged CV values. This
approach has the benefit of flexibly handling concentration varia-
tions in coEl mixtures, especially along the length of the reactor.

+ + ⇌ + [ ]CO H O H O CO 92 2 2 2

= − Δ °( ) − [ ]U
g T

F

RT

F

p p

p p p4 4
ln 10N i

i i H O i CO i

H i CO i O i
,

, ,

, , ,

2 2

2 2

Table I. Table of conservative equations and main constitutive equations used in new cell model depicted for internal control volume i.

Interconnect Energy Balance ρ( ) +
Δ

( ″̇ − ″̇ )− +⎜ ⎟
⎛
⎝

⎞
⎠

l l c
dT

dt x
q q

1
y IC z IC

IC i

i
IC cond i IC cond i,

,
, , 0.5 , , 0.5

= ( ″̇ + ″̇ ) + ( ″̇ + ″̇ ) + ̇q q l q q l q lIC z IC z i y IC y IC y i IC z rad IC i y, 0 , 1 , 0 , 1 , ,

Total Mass Flow in
Gas Channel

ϕ
ρ

= ( ̇ − ̇ ) ⋅
Δ− +A

d

dt
m m

x

1
K K

K i
K i K i

i

,
, 0.5 , 0.5 + ψ ⋅ ⋅ ∈ { }

j

F
l M K AC FC

4
, ,K

i
y O2

Species Mass Balance
in Gas Channel

ϕ
ρ

Δ ⋅ ⋅
( )

x A
d y

dt
i K K

j i K i, , = ̇ ∣ − ̇ ∣ + ⋅ ̇ ∈ { }− +y m y m M R K AC FC, ,j K i j K i j K j i, 0.5 , 0.5 , ,

Fuel Channel Energy
Balance

ϕ
ρ

ϕ ρΔ ⋅
( ⋅ )

+ ( − ) ⋅⎜ ⎟
⎛
⎝

⎞
⎠

x A
d u

dt
c

dT

dt
1i FC FC

FC i FC i
FC Ni Ni

FC i, , , − ̇ ∣ + ̇ ∣− +mh mhFC i FC i, 0.5 , 0.5

= ̇ + ̇Q QFC conv z FC conv z, , 0 , , 1 + ( )( − ) + ( − ) Δh h h h x l
j

F H O H
j

F CO CO i y2 2
H i C i,

2 2
,

2 − ( ″̇ − ″̇ )− +l l q qy FC z FC cond i FC cond i, , , 0.5 , , 0.5

Air Channel Energy balance
ρ

Δ
( ⋅ )

x A
d u

dt
i AC

AC i AC i, , = ̇ ∣ − ̇ ∣ + ̇− +mh mh QAC i AC i AC z, 0.5 , 0.5 , 0 + ̇ − ( )ΔQ
j

F
h x l

2
0.5AC z

i
O i y, 1 2

Convective Heat Transfer Rate ̇ = ¯ ( − ) ∈ { }Q h A T T K AC FC, ,K conv z i K i K i s z i, , , , , , ,

Convective Heat Transfer
Coefficient

λ¯ = ⋅h Nu
D

gas

H

Conductive Heat Flux λ″̇ =
−
Δ

∈ { }+
+⎛

⎝
⎞
⎠

q
T T

x
K IC PEN FC, , ,K cond i K

K i K i
, , 0.5

, , 1

Pressure Drop ρ
μ

̇ = ⋅
⋅

⋅
−

Δ− −
−

⎜ ⎟ ⎜ ⎟
⎛

⎝

⎞

⎠
⎛
⎝

⎞
⎠

m
l l p p

x12FC i FC i
y FC z

FC

FC i FC i

i
, 1

2
, 1

2

,
3

, 0.5 ,

PEN Energy Balance ρ( ) +
Δ

( ″̇ − ″̇ )− +⎜ ⎟
⎛
⎝

⎞
⎠

l l c
dT

dt x
q q

1
y PEN z PEN

PEN i

i
PEN cond i PEN cond i,

,
, , 0.5 , , 0.5

=( ̇″ + ̇″ ) Δ + ( ̇″ + ̇″ ) Δq q x l q q x lz z PEN i i y y y PEN i i PEN z0 1 , 0 1 , , + Δ ⋅( + ″̇ + ″̇ )x l jU q qi y op EC rad PEN i

Voltage Balance η η η η= − − − − −ΩU U j ASRop i N i i i Act FE i diff FE i Act AE i diff AE i, , , , , , , , , , ,

Heat of Reaction ″̇ = Δ ( ) + Δ ( )q
j

F
H T

j

F
H T

2 2EC i
H i

r H i PEN i
C i

r C i PEN i,
,

, ,
,

, ,

Fuel Side Reaction Rate ν ν ν ν̇ = ( ̇ + ̇ ) + + Δ⎜ ⎟
⎛
⎝

⎞
⎠

R r r l
j

F

j

F
x l

2 2
j i j

WGS
i
WGS

j
MSR

i
MSR

FC z j
H H i

j
C C i

i y, ,
, ,

Co-electrolysis current relation = +j j ji H i C i, ,
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Activation overpotential.—The modelled electrolyte supported
cells employed a LSCF/CGO air electrode and a Ni/CGO fuel
electrode. To describe their electrochemical performance, the
implicit form of the BVE for the three electrochemical reactions in
the RU was used. The exchange current densities were defined in the
form of Eq. 11, where p denotes the partial pressure of reactant and
product gas species in each half reaction.

γ= ⋅ ⋅ ⋅ − [ ]⎜ ⎟ ⎜ ⎟ ⎜ ⎟
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The parameters for the /H H O2 2 electrochemical reaction on Ni/
CGO were determined experimentally,3,29 along with the activation
and pre-exponential factor for the /CO CO2 reaction29 by means of
electrochemical impedance spectroscopy (EIS) and equivalent cir-
cuit modelling similar to the method described by Leonide et al.30–32

In the stack EIS measurements, three major polarization resistance
contributions were identified and their origin was in detail discussed
elsewhere.29 The processes were modelled by 3RQ elements and
results are shown in Table II. It has been reported that the Ni/CGO
fuel electrode impedance generally consists of a dominating surface
process at frequencies of ∼10 Hz which is referred to as the fuel
electrode process in the present work, and a smaller bulk contribu-
tion at frequencies ∼200 Hz.33 Since the fuel electrode bulk process
overlaps with the LSCF/CGO air electrode process, their resistance
contributions could not be separated and they were described with a
lumped process referred to as the air electrode process.

The determined parameters for the activation energy barriers and
partial pressure dependencies deviate from the ones determined on
cells for the same SOC technology.35,36 However, in the cited
publications the resistances were determined in symmetrical cell
measurements and therefore, the fuel electrode resistance included
both the surface and the bulk process which is in contrast to the
lumped approach as described above.

According to Bessler et al.,18 charge transfer reactions at the
electrode/electrolyte interface are at a local equilibrium, and an
equal potential is observed at this interface. Therefore in a given
control volume, the /H H O2 2 and /CO CO2 charge transfer reactions
at the electrode surface during coEl exhibit equivalent activation
overpotentials, expressed via Eq. 12 and the parallel circuit in Fig. 1.
This competitively couples the two reactions kinetically, through the
exchange current density. Further competition is provided by
diffusion through the porous electrode discussed in the next section.

η η η= = [ ]12Act FE Act H Act C, , ,

Diffusion overpotential.—In the model presented in,37 the diffu-
sion of the gas species through the porous electrodes between the
channel and the triple phase boundary (TPB) reaction site, was
modelled using an extended Fick’s law model for ternary gas
components. This was replaced by a multi-component gas diffusion
model based on the Dusty Gas Model (DGM) as it has shown to be
accurate in representing the mass diffusion process for multi-
component gas diffusion through a porous structure. An analytical
form of the DGM proposed by Fu et al.38 was utilised here, as the
DGM is an implicit equation and therefore computationally ex-
pensive for transient simulations.39 The analytical solution was
derived assuming constant pressure (dp/dz= 0) through the porous
electrode resulting in Eq. 13.
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Where the subscripts α and β denotes the species in question and the
remaining species, respectively. This approach uses a combination
of the Knudsen diffusion coefficient, αD ,K

eff
, defined by the kinetic

theory of gases and binary molecular diffusion coefficient, α βD ,eff
,

obtained using the Chapman-Enskog theory based on the Lennard-
Jones potential from the Wolfram tool,40 example implementation of
this can be found in the supplementary information. Both effective
diffusion coefficients were calculated by considering the effect of
electrode porosity and tortuosity which can be found in.41 The molar
flux, N̄z through the porous electrode was defined in two ways. For
the electrochemically active species (i.e. those involved in the
electrochemical reactions), it was described by Faraday’s law and
proportional to the corresponding current density, while for the
inactive species it was zero. On the fuel side, for electrochemically
inactive species, Eq. 13 can be evaluated analytically, however for
the electrochemically active species this is not easily possible due to
the existence of two electrochemical reactions and therefore was
evaluated numerically via finite difference method. For the air side,
since only one electrochemical reaction occurs Eq. 13 can be
evaluated analytically. The derivation is provided in the supplemen-
tary information.

Reactor model.—The SOC reactor model was developed based
on the commercially available planar design SOC reactor as used
in,9 where several RUs are stacked on top of each other and closed
off with thick end plates at the top and bottom of the stack. A
ceramic plate is also placed on top to distribute pressure and provide
gas tightness. Each RU interacts with its adjacent units and the
surroundings of stack through three kinds of flows: gas flow, heat
flow and electric flow. For the electric flow, the vertical stacking
meant that the RUs were connected in series electrically and within
the RU, each control volume was connected in parallel resulting in a
uniform voltage throughout the RU.

Flow distribution in the reactor.—Flow distribution was impor-
tant to consider as it could impact the reaction rates and voltages due
to the varying residence times in each channel and therefore could
affect local thermal behaviour. Here, uniform mass flow was
assumed to all cells and the pressure drop along the channel which
varies with local temperature, fluid density, channel geometry, and
friction factor, was included through a steady momentum balance.
Where, the pressure drop was defined through Darcy’s law with the
hydraulic diameter being calculated with the assumption of flow
between two wide flat plates.

Heat transport in the reactor.—Heat transport within the reactor
is critical as it affects the reactor performance, hence heat transport
in both the active and passive area should be considered. For this
study, the passive area was modelled as a lumped resistance between
the active area and surroundings, and its influence on the entering

Table II. Electrochemical kinetic parameters with sources, for
reproducing results.

Parameter Value Source

Ea AE, 106810 J mol−1 Experiments in34

γAE × −2.44 10 A m6 2

aO2 0.298
αAE 0.5
Ea FE H, , 95160 J mol−1 Experiments in34

γFE H, × −1.52 10 A m5 2

aH 0.04
bH 0.18
αFE H, 0.5
Ea FE C, , 125104 J mol−1 Experiments in34

γFE C, × −6.63 10 A m5 2

αFE C, 0.5
aC 0.04 —

bC 0.18 —
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gas was neglected. A sophisticated passive area model was devel-
oped by researchers within the group23 and will be included in future
work.

Figure 1 also shows how heat transport within the reactor occurs
in the x (flow), y (perpendicular) and z (vertical) directions through
the thermal interfaces. Thermal connections equalise temperature
and balance the total heat flow. Coupling all layers in an RU to a
single interface at each side, ensured the same temperature at the
boundary and reduces the number of interfaces interacting directly
with the surroundings. Along the x-axis, each RU is thermally
connected to the passive area via conductive heat transfer at the inlet
and outlet point. In the z-direction each RU is thermally connected
through their boundary ICs to another, also through conduction
allowing the model to also predict the vertical temperature profile. In
the y-direction, the ICs and PEN are connected to a single external
interface for every RU. At the very top and bottom of the reactor and
y-direction sides, interfaces are used to interact with the surround-
ings of the reactor through heat transfer models to define the system
boundary conditions. Heat transfer in the y- and z-direction are
discretised in the x-direction.

Furnace model.—Boundary conditions for the reactor are
provided through heat transfer with its fixed temperature surround-
ings. Heat transfer from the reactor to the environment is known as
heat loss and expected to have a negative impact on the performance.
The experimental analysis of the 10 cell SOC reactor was performed
in a typical furnace environment which was used for the validation
of the model. For the experiments, the SOC reactor as described
above was placed inside a metal box (referred to as stack box from
here on) with gas inlet piping and outlet piping for both fuel and air.

The stack box was mounted inside a pressurised furnace of the
pressurised SOC reactor testing facility. To ensure gas tightness, and

avoid leakages, a steel block weighing 120 kg was placed on top of
the stack box. A detailed description of the test rig and arrangement
of the stack box within the test rig is provided in Riedel et al.29 The
schematic of the stack box as mounted in the test rig and the
different heat transfer phenomena between the stack box and
surrounding furnace environment is shown in Fig. 2B. As the stack
box was not insulated inside the furnace, heat transfer to the
surrounding environment up to the furnace wall, which was assumed
to have a fixed temperature, was possible. Conductive heat transfer
occurs along the z-direction between the top of the stack box to the
steel block and bottom of stack box to the support. Radiative heat
transfer occurs between the furnace wall, stack box, support and
steel block in all directions. The radiative heat transfer was evaluated
using Eq. 14.

ϵ σ̇ = ⋅ ⋅ ( − ) ⋅ [ ]Q T T A , 14i furnace i i
4 4

Convection in the y-direction was neglected due to the small heat
transfer area in the channels and larger heat transfer potential in the
IC and PEN. On each side, y-direction heat transfer was lumped to
interact with an external model to represent the total heat transfer
from that side. This therefore reduces the accuracy in terms of
temperature profile at this boundary, however, due to the small area,
this was not deemed significant. To complete the boundary condi-
tions, a lumped thermal resistance was calculated for the different
heat transport mechanisms as shown in the Fig. 2A for the heat
transfer between the stack and furnace. Thermal resistance of heat
conduction was calculated with Fourier’s law, and of radiation can
be estimated with Eq. 15, which is the first order Taylor series
expansion of the radiation term. Material properties were taken from
several literature sources. However, as some parameters incorporate
multiple materials, it was difficult to represent them based on
literature data. Hence, a nonlinear least squares fitting was per-
formed to find suitable constant parameters based on the SOFC
experimental measurements, and fixed to represent the test-rig
environment for other cases.
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Simulation Methodology

The study was performed in three forms utilising the reactor and
test-rig model outlined above. First, the model was validated against
the steady-state and dynamic experimental measurements performed
by Riedel et al.3,29 on a 10-cell electrolyte supported cell (ESC)
reactor (Sunfire GmbH, Dresden, Germany) in a pressured environ-
ment. From the validated results, further analysis of the reactor was
performed, especially focussing on the behaviour of the reactor
under coEl and the thermal phenomena within the reactor and
surroundings. Finally, the model was used to predict reactor
performance at elevated pressures above those used in the experi-
ments.

Steady-state model validation.—The model validation was
performed for three operating conditions of SOFC, steam-, and
coEl for several current densities with operating parameters taken
from the experimental studies. For SOFC, a reactant conversion
(RC) of 55% and air utilisation (AU) of 15% was used. For the
electrolysis runs, a fixed air flow of 10 slpm was used. Furthermore,
for coEl two feed molar compositions of 60:30:10 (603010) and
45:45:10 (454510) of H O:2 CO :2 H2 were used as well as two
pressures of 1.4 bar and 8 bar, as was done in the experimental study.
For each run, the respective RC was kept constant, by varying the
current density and mass flow rate according to Faraday’s Law. Each
cell was discretised into 10 control volumes along the flow direction,
resulting in a 1D+1D mesh of 520 control volumes including the
different layers of the cell and the end plates just for the reactor. To

Figure 2. (A) Heat transfer between the SOC reactor and surroundings
along the y-direction zoomed to a section of the stack. (B) Schematic of stack
box arrangement in test-rig and different heat transfer phenomena between
the stack box and the furnace.
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achieve steady-state, the model was allowed to run for 1e6s for each
current density to ensure an average temporal derivative of near zero
(∼1e–10 −s 1), this took approximately 48 s per steady-state point on
a laptop with a 2.7 GHz quad core Intel i7–6820HQ CPU and 32GB
RAM, demonstrating the high accessibility for the reasonable detail
of the model provided by the simulation framework.

For the model validation, the voltage at the centre cell (cell 5) and
temperature at the central point (cell 5, mid-point) were used as the
main characteristic values. Additionally, the outlet dry gas composi-
tion was also measured in the experiment and was used for the
validation. Furthermore, the impact of implementing the coEl model
was also analysed through the lens of the characteristic points.

Results and Discussion

This section outlines the various results obtained from the
simulation studies. Starting with the results of the model validation
based on the characteristic U(i) and T(i) curves for different
operating conditions, followed by the analysis of the phenomena
occurring in the reactor obtained from the model results, and closing
with a discussion on results obtained for pressurised coEl outside the
validated range.

Model validation.—The steady state U(i) and T(i) curves are
important to characterise the reactor performance, while the compo-
sition-current curves are important to demonstrate the ability of
reaction kinetics and mass flow relations to represent the reactive
multi-species transport phenomena within the reactor. Hence, the
reactor model was validated against experimental results in SOFC
and SOEC operation mode. The developed coEl model was also
compared against an SOEC model neglecting electrochemical CO2
electrolysis with the same feeds to evaluate its impact at larger
scales. Validation for dynamic operation for CO2 electrolysis is also
illustrated here.

Steady state operation.—Figure 3 illustrates that the model
developed in this work can generally simulate steady state processes
for both SOFC and SOEC mode with high accuracy. The average
deviation of voltage at the centre cell was ca. 23.3 mV (2.87%) for
steady state SOFC points, and ca. 16.8 mV (1.38%) for steady state

/H O H2 2 SOEC points. This small deviation of cell voltage can be
attributed to the deviation of the cell temperatures; where the
maximum deviation found for the SOFC simulations was ca.

°2.6 C (0.24%) and ca. °5.54 C. (0.50%) for the steam electrolysis
simulations, observed under the highest current densities. The model
is clearly able to demonstrate the difference in performance between
steam SOEC and coEl as shown in the experimental measurements.
The average deviation of the centre cell voltage was ca. 8.9 mV
(0.69%) with a maximum deviation of 24 mV (1.76%) and average
temperature deviation of ca. °5.5 C (0.51%), with a maximum
deviation of °7.8 C (0.73%). The largest deviation in cell voltage
was observed at highly exothermic conditions, corresponding with
the temperature deviation observed.

Figure 3 also illustrates that the model can predict coEl reactor
outlet gas compositions to reasonable accuracy. The average
deviation of the outlet dry gas compositions was less than 1 mol%
for all components. Furthermore, the experiment and simulation
results indicated that the gases reach equilibrium at the reactor
outlet, where the outlet gas temperature was used to calculate
equilibrium. Errors against experimental results were largest at the
lower current density range which may be attributed to measurement
errors. In order to maintain a constant RC of 0.7, the flow rates of the
feed gases had to be manipulated with the current density. At low
current densities, it was difficult to control the low feed flowrates
through the mass flow controllers, leading to inconsistent measure-
ments for the gas compositions here. Nevertheless, these errors are
negligible for the applicability of the model.

These small deviations are likely due to the simplifications of the
internal and external heat transfer, where fixed values for heat

transfer coefficients were used. Additionally, ignoring preheating of
gases and simplifying resistances in the passive area and sides also
limit the flexibility of the model to be fitted to minimise errors. The
influence. of external heat transfer on the axial temperature profile is
detailed further below, while the vertical temperature profile and the
influence of including the passive area model is briefly analysed in
the supplementary information. It should also be noted that the
thermocouples in the experiment were manually inserted into the
outlet side of the AC, which allows for the possibility of hot/cold
spots affecting the measurement results. Nevertheless, the relatively
low errors in the model results illustrate the high accuracy of the
model despite the simplifications, allowing for its use in under-
standing the internal processes and predicting behaviour in different
operating conditions.

Comparison of co-electrolysis model with steam electrolysis +
RWGS.—Figure 4 depicts the comparison of the experimental T(i)
and U(i) results and the curves simulated with the full co-electrolysis
model and a reduced model that only includes electrochemical steam
electrolysis and the RWGS reaction. The OCV error was smaller in
the coEl model, staying within a 0.1% error margin whereas the
steam electrolysis model had OCV errors up to 0.5%, suggesting that
the implementation of the coEl model can further improve the OCV
calculation accuracy. However, Fig. 4 illustrates that the T(i) and U
(i) results for both models are nearly identical, with the same causes
for deviations outlined above. These results demonstrate that the
application of a reduced steam electrolysis + RWGS model is
sufficient to describe the electrochemical and thermal behaviour of
the stack with high accuracy. In addition, this approach has the
benefit of solving faster as it contains fewer equations which is
particularly useful for running large system simulations.

Dynamic electrolysis.—In this case, rather than simulating until a
steady state was found to match the steady state U(i) curves, the
applied current density was increased at a fast rate of

⋅ /−2.57 mA cm s2 for three conditions: (1) with a fixed feed composi-
tion of 90% CO2 and 10% CO to correspond with the experiments
conducted in;42 (2) 45% CO ,2 45 H O,2 and 10% H2 at 1.4 bar
corresponding to experiments in;3 and (3) 45% CO ,2 45% H O,2 and
10% H2 at 8 bar corresponding to experiments in.3 Figure 5 shows
that the model was able to follow the trends of increasing voltage
and variations in cell temperature observed in the experimental
measurements very closely but deviations grew during the ramp for
the three cases presented. For the CO .2 case an overall an average
error of 1.15 K (0.15%) and 17.03 mV (1.6%) was observed with
maximum deviations of 3.17 K (0.41%) and 60.97 mV (4.19. %)
against a 9th order polynomial fit of the experimental data. This
polynomial fit was necessary match the results of the variable step
ODE solver simulation results to the experimental measurement
points. For the coEl cases, against a 9th degree polynomial fit,
integral average error of 4.27 mV (0.44%) and 0.44 K (0.06%) was
observed for the 1 bar case and 5.34 mV (0.47%and 1.7 K (0.21%)
for the 8 bar case; with maximum deviations of 11.92 mV and
2.06 K for the 1 bar case and 5.34 mV and 3.05 K for the 8 bar case.

While these deviations are small, they can be further minimised with
more accurate kinetic and thermal parameters. The sensitivity analysis
(see supplementary information) shows that the reaction order and
activation energy have strong influence on the fit against experimental
data. Further studies will investigate the use of experimental measure-
ments in developing better kinetic parameters for the model.

SOC reactor performance analysis.—The characteristic curves
utilised in the model validation, provide a high-level view of the reactor
performance based on measurable variables. However, the model can
provide a deeper understanding of the phenomena occurring within the
reactor which may be difficult to measure, especially for larger reactors.
This section will detail the key phenomena that occur within the reactor
from the simulation runs presented above. First, the thermal behaviour
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and coupled interactions between the heat transfer and electrochemical
behaviour are presented, and then the coEl behaviour is analysed with a
focus on the CO2 reduction pathway and how it may vary with
operating conditions.

Thermal behaviour.—Temperature has a significant influence on
multiple processes in the reactor and can be influenced through various
operating conditions, e.g. current densities, as presented above. Figure 6
illustrates the range of temperatures that can occur in the reactor,
dependent on various flow phenomena within the different layers of the
RUs. For the endothermic operation, with low current density, a cold
point resides in the middle of cell 5 due to heat transfer from the
furnace through the other faces compensating the endothermic electro-
lysis reaction as well as the relatively lower flow rate. While for
exothermic operation, the hot point resides near the outlet, due to higher
flow rates keeping the inlet zone cooler. This is also observed for the
single cell distribution shown in the middle row. Despite thermoneutral
operation exhibiting a uniform temperature distribution throughout the
reactor, a small internal thermal gradient exists within the layers of the
cells, due to the low residence time of the air flow and may be
countered with air flow management. The general temperature profile in
cell 5 is nonlinear and may be approximated as parabolic in x- and z-

Figure 3. (Top): Steady-state U(i) and T(i) curves from model against experimental results for SOFC ( =p 1.4bar, = °T 750 C,f inlet =x : x 40: 60,H N2 2
=RC 0.55), steam electrolysis ( =p 1.4bar, = °T 800 C,f inlet =x : x 10: 90,H H O2 2 =RC 0.6) and co-electrolysis ( =p 1.4bar, = °T 800 C.f , inlet

=x : x : x 60: 30: 10,H O CO H2 2 2 =RC 0.7). (Bottom): Steady-state dry outlet composition during co-electrolysis at the same conditions as plot above, comparing
model, measurements and equilibrium.

Figure 4. Steady-state U(i) and T(i) curves of SOC reactor under co-
electrolysis comparing the model including CO2 electrolysis (Co-
Electrolysis) with the model neglecting CO .2 electrolysis (H O2 Electrolysis
+ RWGS) and experimental measurements.
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direction due to the highly conductive heat flow from the solid materials
and sources/sinks of electrical flow and electrolysis.

The total cell area specific resistance (ASR) distribution over the
height of the stack follows the temperature profile with increasing
values towards the middle of the stack in endothermic operation,
similar values in isothermal operation, and increasing ASR values
towards the top and bottom in exothermic mode. Moreover, Fig. 6
shows that the total ASR for all RUs is at all operating points
dominated by the ohmic resistance which is a common behaviour for
the modelled electrolyte supported cell type with 90 μm thick 3YSZ
electrolyte.36,43 At the operating temperatures >800 °C that are
required to achieve sufficiently high ionic conductivity, the electrode
kinetics are relatively fast and display smaller resistance contribu-
tions that amount to ∼20% of the ASR of the RUs. With regards to
the relative electrode contributions, the Ni/CGO fuel electrode
resistance is significantly higher than the air electrode resistance
which is consistent with experimental results on cell level.36

Although higher current densities and the resulting higher
temperatures reduce the cell losses, operating above the thermo-
neutral point reduces the efficiency, as the additional power input is
converted to heat which cannot be utilised for the heat demand of the

endothermic co-electrolysis reaction. Therefore, it is imperative that
the temperature in the reactor is controlled to not only minimise
thermal gradients but also maximise efficiency. This is best achieved
through the knowledge of the internal energy balance of the reactor,
which can be manipulated in several ways (e.g. varied air flow or
temperature) and occurs through all faces, but at different rates.

Figure 7 illustrates the results of a reduction study, where heat
transfer through the different planes of the reactor was eliminated
step-wise starting from y-plane, to z- plane then completely
adiabatic under fuel cell operation. As expected, for an adiabatic
process, the cell temperature rises greatly due to the generated heat
from the exothermic reaction remaining in the cell and limited by the
convective heat transfer to the fluids. Enabling heat transfer through
the z-direction significantly affects the value of the maximum
temperature and marginally flattens the temperature distribution.
Additional heat transfer between the reactor and surroundings along
x-direction then drastically influences not only the value of max-
imum temperature but also the position of the hot spot. The reactor
outlet temperature is typically used as a measured variable to control
and regulate the reactor temperature. Under high heat loss scenarios,
the hot-spot during exothermic operation shifts towards the centre of
the cell which can lead to having temperatures higher than the
allowable limit of the materials used (e.g. glass sealings), potentially
damaging the SOC. The impact of additional heat transfer along the
y-direction is relatively weak, because the reactor used in this work
consists of only 10 cells resulting in a small surface area in the y-
plane. Neglecting this heat transfer axis may be beneficial for faster
simulation time for small reactors. Overall, the presented results
display the great influence of heat transfer between the reactor and
its surroundings via the various faces, through its influence on the
temperature distribution of the centre cell.

Figure 7 also shows that although the centre point temperature is
close to experimental measurements, the predictions away from the
centre point deviate while following the profile suggested by the
measurements. This may be due to the simplified heat transfer model
for the passive area whose influence can also be seen in Fig. 6, where
a uniform vertical temperature profile at the reactor inlet and outlet
can be seen. With better heat transfer models between the stack and
environment, a closer temperature profile may be observed. This
would improve voltage predictions, as it is evident that the over-
potentials are largely temperature dependent.

Reactor performance in co-electrolysis operation.—Particularly
important is the composition leaving the reactor as it will affect
processes downstream. Figure 8 shows that the model predicted gas
compositions within the cell, follow the same trend as that observed
from an equilibrium model. This overlap is a result of the fast
kinetics at the operating conditions and limited by the temperature
driven equilibrium constant. The fast production rate of CO at the
entrance imply that the reactor conditions greatly favour the RWGS
reaction which can also be observed in Fig. 9. This interaction
between the electrochemical and thermochemical reactions is also
observed in the total conversion of CO .2 The electrochemical
conversion, based on Faraday’s law relating the molar input and
current density was 0.7 however, the total conversion of CO2
deviates from this slightly ranging between 0.67–0.73. This devia-
tion is a result of the thermochemical equilibrium and is therefore
influenced by the temperature and pressure. At lower temperatures,
the tendency for RWGS is lowered but still surpasses the 0.7
conversion. At higher pressures, H2 is converted to CH4 and
therefore its availability for RWGS is reduced thereby reducing
the conversion—this is countered in exothermic operation as the
methanation reaction is not favoured at higher temperatures.

When looking into the pathway for CO2 consumption, Fig. 9
(top) shows that RWGS dominates throughout the length of the cell
for all conditions which aligns with most literature on the matter as
explained above. However, this extent is largest at the inlet (over
80%) and dramatically plateaus to ∼60%–70% for the remainder of

Figure 5. Dynamic operation characteristic UI (top) and TI (bottom) curves
at cell 5 under three operating conditions of (1) CO .2 electrolysis (90% CO .2 ,
10% CO, T = 760 °C, p = 1.4 bar, RC = 0.5); (2) coEl (45% CO .2 , 45%
H O,2 10% H2, T = 800 °C, p = 1.4 bar, RC = 0.75); 3) coEl (45% CO .2 ,
45% H O,2 10% H2, T = 800 °C, p = 8 bar, RC = 0.75) all with a constant
ramping current density of Δ /Δi t = ⋅ /−2.6 mA cm s2 compared with experi-
mental measurements from29 and3.
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the cell length which can be observed from a large step—which
arises from the high CO2 content in the feed reacting with the H2 in
the feed due to the large driving force for RWGS. Although RWGS
dominates, these results show that electrochemical CO2 reduction
may occur to. a significant extent during co-electrolysis, ranging
from 24%–34% of the total CO2 conversion (Fig. 9, middle) which
coincides with the findings of.3 Near thermoneutral operating
conditions were used for the conditions shown in Fig. 9 to minimise
influence of temperature. Having higher CO2 content lowers the

extent of CO2 consumption via CO2 electrolysis by ∼8% likely due
to a higher driving force for the RWGS reaction. Overall pressure
increases the extent of Co2 electrolysis by only ∼1%. However, locally
a larger influence of pressure can be observed with a pronounced
increase of electrochemical CO2 electrolysis towards the end of the
channel at higher pressure. This increase with pressure follows in line
with the production of CH4 illustted in Fig. 8 suggesting that it is a
result of the reduction in rate of RWGS due to hydrogen being
consumed in the methanation reaction. These effects extend throughout
the stack, and as illustrated in Fig. 6 large variations in temperature may
occur and therefore impact the equilibrium. concentrations at the outlet
and affect the syngas ratios. Nevertheless, inlet feed composition is the
dominant factor in determining the outlet syngas ratio as well as the
electrochemical phenomena.

The shares of the two electrolysis reactions illustrated in Fig. 9
(bottom) show that steam electrolysis occurs to a significantly larger
extent than CO2 electrolysis. This dominance varies with inlet feed
composition with a higher CO2 content. resulting in a near 1.5%
reduction of the share of electrochemical CO2 reduction likely due to
the lower steam content. This is a result of the complex interplay
between H2O electrolysis, CO2 electrolysis and RWGS reaction
where the two latter reactions are both promoted by an increase in
CO2 partial pressure. In addition, a small near linear decrease in the
current density ratio is also observed over the cell length, likely due
to the reduction in steam content over the cell length and the effect
of temperature on the equilibrium of RWGS towards the end of the
cell. A small influence of pressure is also observed, whereby the
share of steam electrolysis is lowered marginally at 8 bar. This is
likely due to a marginal improvement in CO2 electrolysis kinetics as
observed from the top two plots in Fig. 9.

Figure 6. Thermo-electrochemical analysis of reactor (Top): Distribution of temperature in 10-cell reactor under endothermic, thermoneutral and exothermic
conditions. (Middle): Distribution of temperature in cell 5. (Bottom): Average cell area specific resistance (ASR) divided by share of each loss mechanism.

Figure 7. Effect of heat transfer between reactor and surroundings at cell 5
temperature distribution (SOFC; =p bar1.4 ., = °T 750 C.furnace , inlet

=x x: 40: 60.H N2 2 , =FU 0.55, = /j A0.0798 cm .2 ).
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As shown in Table II, the parameters a and b in Eq. 11 for the
CO/CO2 reaction were assumed to be equal to the ones for the

/H H O2 2 reaction since no detailed experimental stack data for the
independent variation of CO and CO2 was available. These empirical
parameters are generally a function of the rate-determining steps in
the underlying reaction mechanisms. Grosselindemann35 on the
other hand, used the same form in Eq. 11 for the same cell design
as used in the in-house experiments, and found linear dependencies
with temperature in their reaction indices for most electrochemical
reactions occurring in the. FE and AE. However, due to the
discrepancy with internal fitting results, these values were not taken
for this work but briefly analysed in the supplementary information
showing large differences to the experimental measurements pre-
sented here. The elementary reaction mechanisms have been widely
investigated for Ni/CGO fuel electrodes, however, there is no clear
consensus in literature. Some studies suggest that for the /H H O2 2
reaction on Ni/ceria electrodes, the Ni phase acts solely as a current
collector and the electrochemical reaction takes entirely place on the
ceria surface, that is, the double phase boundary (DPB) to the gas
phase.44 However, in other studies Ni was also observed to
contribute to the electro-catalytic activity of a Ni/CGO electrode
suggesting an extension of the electrochemical reaction zone to the
triple phase boundary between Ni|CGO|gas phase.45 Most likely, the
relative contribution of the DPB and TPB pathways during the

/H H O2 2 reaction varies strongly on the composition and micro-
structure of the electrode. For optimized state-of-the-art Ni/CGO

fuel electrode the electro-catalytic role of Ni indeed seems to be
small. The /CO CO2 reaction can also occur on the doped ceria
surface,45,46 however, the role of Ni on the electro-catalytic activity
during the /CO CO2 reaction was reported to be more pronounced
suggesting the reaction to predominantly take place at the TPB.47,48

This discussion demonstrates that there are potentially large differ-
ences in the nature of the rate-determining steps indicating also a
difference in the parameters a and b for the different reactions. The
parameters will be adjusted through future work carried out by co-
members of the authors’ research group directed at CO2
electrolysis.42

A sensitivity analysis investigating how the influence of the
kinetic parameters affect the results presented here is provided in the
supplementary information, and shows that the reaction order and
activation energy can have significant influence on the rate of
electrochemical reaction. Thus, the values in Fig. 9 could change
once refined kinetic parameters become available. Nevertheless, the
discussed dependencies of CO2 consumption pathway on pressure,

Figure 8. Variation of dry gas composition along length of cell 5 according
to model, compared to equilibrium and measured outlet composition fo. all
steady state co-electrolysis experiment runs at 1.4 bar (top) and 8 bar
(bottom).

Figure 9. Electrochemical kinetics variation over length of cell 5 (Top):
Local variation of electrochemical CO2 consumption over total consumption
under co-electrolysis operation at thermoneutral conditions. (Middle):
Cumulative consumption of CO2 via electrolysis over cell length.
(Bottom): Share of current density for steam electrolysis at FE.
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inlet gas phase composition and channel position should still remain
valid and provide a qualitative understanding of the coEL reactor
behaviour.

Elevated pressure co-electrolysis.—In addition, the validated
coEl model can be used to predict reactor behaviour at other possible
operating points, in this instance higher reactor pressures for the
direct production of high-pressure syngas. These simulations were
used to study the reactor behaviour under operating conditions that
may be employed for wider uses of high temperature SOC reactors.
The simulations were performed for the same current densities as the
steady state validation above, at a constant RC of 0.7 for various
operating pressures with a coEl feed, and the furnace and feed
temperatures set to °800 C. Figure 10 demonstrates that increasing
stack pressure results in significant changes to the characteristic
behaviour. First, the positive logarithmic dependence of the thermo-
dynamic electricity demand, ΔG, on pressure results in a higher open
circuit voltage (OCV).

Furthermore, as mentioned above, higher pressures shift the
equilibrium towards the exothermic methanation reaction. This
increases the temperature within the cell greatly, resulting in lower
overpotentials and cell voltage. This reduction is especially sig-
nificant at current densities greater than ⋅ −A0.16 cm 2 where the cell
voltage relation with pressure is inverted when compared to the
OCV. The additional heat generation from the exothermic reaction
leads to exponential decay of thermoneutral voltages expressed in
the fitted expression of ( ) = (− ) +V p p0.265 exp 0.028 1.089 V.TN

More specifically at 50 bar and 100 bar voltage values of 1.157 V
and 1.105 V, respectively were predicted, which are significantly
lower than the thermoneutral voltage value of ∼1.35 V commonly
observed at ambient operation. This, also means lower current
densities of 0.17 A cm−2 at 50 bar and 0.1 A cm−2 at 100 bar are
required to achieve thermoneutral behaviour, here demonstrated
through the characteristic centre-point temperature matching the
furnace temperature. This would in turn result in lower syngas
productivities when operated at the generally preferred thermoneu-
tral operating point. Productivity can be increased with larger
reactors, leading to higher costs; or with higher current densities,
resulting in an exothermic process. Although the additional heat may
be useful for certain processes, this reduces the reactor efficiency as
well as the long-term stability of the cells, due to added thermo-
mechanical stresses.

Furthermore, with higher rates of methanation, the effort in
producing syngas becomes inhibited as illustrated by the lower
hydrogen content with higher pressures in Fig. 10. For certain
processes such as methane synthesis, this may be advantageous,
since a smaller downstream reactor can satisfy the conversion
demand. However, for most other processes that require syngas,
such as Fischer-Tropsch synthesis, the consumption of syngas to
produce methane restricts to system-wide productivity, thereby
possibly reducing system efficiency. Thus, the present calculations
demonstrate that pressurized co-electrolysis may face techno-eco-
nomic limitations at higher operating pressures.

It should be noted that the model has only been validated for
stack pressures of 1.4 bar to 8 bar therefore the predictions beyond
8 bar are limited by the assumptions used e.g. ideal gas, negligible
pressure drops, laminar flow, diffusion models, reaction kinetics and
no coking. At higher pressures, some of these assumptions such as
ideal gas, may not hold for all of the species considered and the
consideration of coke formation may become more relevant. To be
confident of the results observed in Fig. 10, experimental validation
would be desired and is recommended for future work. Nevertheless,
these results are useful for the design of coEl SOC reactors for
elevated pressures, as costs increase significantly for every marginal
increase in design pressure due to materials and operating difficulty,
hence enabling cost minimisation and performance optimisation.

Conclusions

To better understand CO2 and coEl operation for its wider
adoption, a 1D+1D SOC reactor model was further developed to
predict steam, CO2 and coEl behaviour. Validation over steady-state
for SOFC and SOEC including coEl, and dynamic CO2 electrolysis
operation showed high levels of accuracy with experimental results
with respect to cell voltages, temperatures and compositions.
Deviations were largely assumed to be due to external heat transfer
simplifications and kinetic parameters for CO2 electrolysis. The
validated simulation results were used to investigate various
phenomena during coEl. Chiefly, for the literature-based parameters
for CO2 electrolysis kinetics, it was found that CO2 consumption via
RWGS was the dominant CO2 reduction path, but CO2 electrolysis
occurs to significant rates (up to 35% of total CO2 conversion).
Experimentally derived kinetic parameters are needed to confidently
conclude this relationship for the Ni-CGO FE material modelled
here.

To demonstrate the wide usability of the reactor model, simula-
tion for process system relevant operating conditions, namely high-
pressure coEl was performed. The elevated pressure operation
promoted exothermic methanation resulting in various

Figure 10. Model predicted TI and UI curves for cell 5 (top) and outlet dry
hydrogen and methane molar compositions (bottom) for co-electrolysis
operation with different operating pressures indicating the change in
thermoneutral voltage at furnace temperature of °800 C.
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thermochemical effects, especially on the cell voltage and thermo-
neutral-isothermal current density. Suggesting that, pressurised
operation may be beneficial, however not at the higher ranges due
to negative effects on productivity during thermoneutral operation,
which limit syngas production. Research in finding this optimal
point through this model for large systems is being carried out by the
authors.

Solid oxide cell reactors come in various forms and the modelling
framework developed here allows for extension to analyse behaviour
in different cell, stack and module designs and operating conditions.
The modelling of SOC reactors for these designs and operating
conditions advance deeper understanding of their benefits and
limitations from a thermohydraulic standpoint and widen the
adoption of this technology. In this respect, the model presented
here may be used to develop operation strategies for various SOC
reactor systems in different operating regimes such as; renewables
coupling, electrolysis with hydrocarbon containing feeds, and fuel
cell system operation, among others. This work is ongoing by co-
members of the author’s research group.
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